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Abstract

The knowledge of the CO2 release from the evaporating brine in multi-stage flash (MSF) and multiple-effect

(ME) distillers is very important for the design, the operation, and the cost of desalination distillers as well as

for the recarbonation of the distillate. The CO2 released in MSF plants can be used for the recarbonation of the

distillate. The recarbonation method using CO2 from the vent gases of MSF plants has gained importance, since

the post-treatment of potable water can be effected without additional CO2 production by combustion pro-

cesses. The paper discusses if this approach may also be applied to ME distillers. The amounts of CO2 required

for the recarbonation are compared with the amounts released. To this end, the CO2 release rates were

calculated on the basis of two previously developed models. One consequence of the differences between

MSF and ME systems regarding evaporation mechanisms, fluid flow, operating temperatures, and concentra-

tions is that in MSF distillers the specific phase interface areas are lower and the mass transfer coefficients are

higher compared to ME distillers. Consequently, the specific CO2 release in MSF plants is significantly higher

than in ME plants. The total CO2 release in MSF recycle distillers amounts to about 82 g CO2 per ton of

distillate at a top brine temperature of 100�C. The calculations show that, for the limestone/carbon dioxide

method, MSF recycle distillers produce sufficient CO2 to allow recarbonation of the distillate up to an alkalinity

of 187 ppm as CaCO3 at a top brine temperature of 100�C. The total CO2 release in ME distillers amounts to

about 55 g CO2 per ton of distillate at a top brine temperature of 64�C. Utilizing the CO2 for the limestone

recarbonation process would result in an alkalinity in the distillate of 124 ppm as CaCO3. Provided that the

alkalinity values aimed at in the distillate range from 50 to 80 ppm as CaCO3, the calculations suggest that the

CO2 release in ME distillers may be just sufficient in terms of stoichiometric consumption to allow for

recarbonation using the limestone method.
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1. Introduction

The distillate produced by thermal desali-
nation plants is usually characterized by very
low salinity, in the range of few ppm, and low
pH. Therefore, it is highly corrosive, unpalat-
able and unhealthy. Recarbonation is neces-
sary to overcome these problems. A number
of different recarbonation processes are avail-
able for the distillate of seawater desalination
plants. The dissolution of limestone or lime
by using carbon dioxide is widely used.

The CO2 released in multi-stage flash
(MSF) plants can be used for the recarbona-
tion of the distillate [1–4]. The recarbonation
method using CO2 from the vent gases of
MSF plants has gained importance, since
the post-treatment of potable water can be
effected without additional CO2 production
by combustion processes. In the following, it
is discussed if this approach may also be
applied to multiple-effect (ME) distillers.
The CO2 release rates in MSF and ME dis-
tillers as well as main differences in the
release process are discussed. To this end,
the CO2 release rates were calculated on
the basis of two previously developed models
[5–9]. The amounts of CO2 required for the
recarbonation are compared with the
amounts released.

2. Recarbonation processes for the distillate

The distillate produced by seawater eva-
poration plants contains salts and dissolved
gases including CO2, O2 and N2 only in very
low concentrations. Its salt content amounts
to about 25 ppm, but may also be consider-
ably below this value, depending on the age
and operation conditions of the plant. It nor-
mally has a pH of around 6.0. For practical
purposes, the contents of alkalinity and car-
bon dioxide in the distillate are negligible [1].
The composition of the distillate is not

significantly influenced by the salinity of the
seawater and the product yield.

The high purity renders the distillate to be
highly reactive and aggressive towards nearly
all components in the water distribution sys-
tem, resulting in very severe corrosion pro-
blems. One of the by-products of this
chemical attack is ferric hydroxide, a red-
brown rust, which results in what is called
‘red water’ [3]. Moreover, water containing a
reduced amount of minerals has poor taste
and may create health problems. In order to
overcome the problems with corrosiveness
and poor taste of the distillate, a number of
post-treatment processes have been proposed
and practiced [1–4, 10–13].

Post-treatment processes include a recar-
bonation/alkalinization step for elevating
carbonate and calcium hardness and pH
correction in such a way that carbonate-CO2

equilibrium is largely achieved. Recarbona-
tion is then followed by further conditioning
steps such as dosing, e.g., phosphates to pro-
mote the formation and build-up of corrosion
protection layers, aeration and disinfection by
chlorine dosing to ensure proper hygienic
conditions for storage and distribution of
the drinking water [1, 2].

Various types of processes for the recarbo-
nation of desalinated water have been pro-
posed [1, 2]. The main recarbonation
processes are as follows [1, 2, 10, 11]:

1. Dosage of chemical solutions, i.e. direct
injection of suitable chemicals such as cal-
cium chloride and sodium bicarbonate as
per reaction:

CaC12þ 2 NaHCO3! CaðHCO3Þ2þ 2 NaCl

ð1Þ

This remineralization method is a viable
option only for small capacity plants because
of its relatively high cost of chemicals and the
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difficulty in handling large quantities of
chemicals.

2. Lime dissolution by using carbon dioxide.
This process involves treatment of CO2 acid-
ified distillate with milk of lime. The reaction
involved is:

CaðOHÞ2 þ 2 CO2 ! CaðHCO3Þ2 ð2Þ

3. Limestone dissolution by using carbon
dioxide.
Contacting limestone with CO2 acidified dis-
tillate as per reaction:

CaCO3 þ CO2 þ H2O! CaðHCO3Þ2 ð3Þ

The limestone dissolution is the most widely
used method because limestone is cheaper than
lime and it requires stoichiometrically half the
CO2 amount as compared to the lime method to
produce the same alkalinity. The equipment for
handling limestone is much cheaper compared
to the system required for preparing and dosing
lime slurries. The only advantage of the lime
process is that the reaction proceeds almost to
completion, whereas in the limestone process the
reaction is much slower and does not reach com-
pletion so that residual excess CO2 has to be
neutralized by addition of NaOH or Na2CO3.
For large capacity plants, a degasifier is used to
strip out the excess CO2 [10].

The carbon dioxide, required for the recar-
bonation process according to Eq. (2) or (3),
can be made available in different ways
depending on the local conditions [1, 2]:
� as liquid CO2 from outside suppliers, using

suitable dosing equipment
� from in-plant production by combustion pro-

cesses. CO2 generation by the combustion of
oil is successfully practiced in a number of
desalination plants (e.g. [12]). The CO2 pre-
sent in the flue gas is first scrubbed with sea-
water, being followed in some cases by post-
scrubbing with soda solution. Then, the CO2

is absorbed in MEA (monoethanolamine)
solution. Heating of the MEA/CO2 solution
causes the carbon dioxide to be desorbed in
higher purity, whereupon it is subjected to
scrubbing with sodium or potassium perman-
ganate and potable water. After further pu-
rification in an activated carbon filter stage it
is compressed and split into two streams. The
main flow is directed to the distillate recarbo-
nation stage. Surplus CO2 produced is lique-
fied and stored [2].

� if MSF plants are employed, CO2 can be
obtained from their vent gases. The O2 and
N2 released in the deaerator as well as the
CO2 released from the brine during eva-
poration together with the air from leaks
is drawn off from the MSF plant by the
vacuum system. The water vapor present
in the vent extractions is condensed in the
surface condensers of the vacuum system.
The CO2-air mixture is then compressed by
gas compressors and fed to gas purification
filters filled with activated carbon before
entering the recarbonation unit.
The aim of the recarbonation process is an

increase in calcium hardness and alkalinity of
the water to a desirable level and to adjust the
pH so that the water becomes well buffered and
non-aggressive with a slightly positive Satura-
tion Index (preferably between þ0.1 and þ0.3)
[12]. Thus, the treated water can form a thin,
corrosion-inhibiting protective layer of calcium
carbonate in the water distribution system. The
minimum alkalinity level is 40–50 ppm as
CaCO3 [3, 12, 14]. In product waters obtained
from seawater desalination plants the alkalinity
is normally increased to a value between 50 and
80 ppm as CaCO3 [1, 4, 11, 15].

3. Comparison of the CO2 release in MSF and

ME distillers

In MSF distillers and in ME distillers, CO2

is released from the brine during the
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evaporation process and has to be removed
by adequate venting. When the brine enters
the flash chambers in MSF distillers and the
horizontal tube evaporators in ME distillers
respectively, the solubility of CO2 suddenly
decreases due to the pressure drop. CO2 is
released into the vapor phase. The release
of CO2 is difficult to predict as it is not only
molecularly dissolved in seawater, but mainly
chemically bound in HCO3

� and CO3
2� ions.

The liberation of CO2 impairs the equilibria
between HCO3

�, CO3
2�, CO2, H

þ and OH�

in the brine. New molecular CO2 is produced
by chemical reactions and released subse-
quently. The release of CO2 is a complex
process involving chemical reaction kinetics,
mass transfer processes as well as phase equi-
libria at the brine/vapor interface.

In order to utilize the CO2 present in the
vent gas for the recarbonation of the distil-
late, it is essential to know how much CO2 is
released in the individual distiller stages at
different operating conditions. To this end,
the CO2 release rates were calculated on
the basis of two previously developed models
[5–9]. The models describe the reactions and
mass transfer processes in the brine as well as
the CO2 release in the individual stages of
MSF and ME distillers. In MSF distillers,
the flow path of brine through the conden-
sers, the brine heater and the flash chambers
is considered. In ME distillers, the flow path
of brine through the final condenser and the
evaporator stages is included. The desorption
of CO2 is treated as a problem of coupled
mass transfer with chemical reaction.
Depending on the desorption regime, the
mass transfer may be enhanced by the chemi-
cal reaction.

In the following, the main principles of the
model for the simulation of the CO2 release
and the carbonate system in MSF and ME
distillers are outlined. A detailed description
of the models and the chemical reaction

kinetics involved in CO2 release can be
found in [5–9].

3.1. Modelling of the CO2 release and the
carbonate system

For describing the CO2 release and the
carbonate system, the flash chambers in
MSF distillers and the liquid film flowing
over the horizontal tubes in ME distillers
are divided into volume elements. Precipita-
tion of CaCO3 and Mg(OH)2 is assumed to
occur at negligible rates. Total alkalinity TA
and total inorganic carbon TC at the outlet
of a volume element are calculated by means
of mole balances. Total alkalinity is only
influenced by the evaporation of water. The
loss of CO2 has no effect. Total inorganic
carbon TC is affected by both the evapora-
tion of water and the release of CO2. After
determining the total alkalinity and the total
inorganic carbon, the remaining quantities
CO2, HCO3

�, CO2�
3 and pH at the outlet of

a volume element can be calculated by apply-
ing the law of mass action.

It was found that in the temperature and
pH range prevailing in the flash chambers of
MSF distillers and in the evaporators of ME
distillers the alkaline reaction mechanism

CO2 þ OH� $ HCO�3 ð4Þ

HCO�3 þ OH� $ CO2�
3 þ H2O ð5Þ

with the rate-determining step (4) predomi-
nates [5, 8, 9]. For modelling the mass trans-
fer with chemical reaction, it can be assumed
that the OH� ions are present in excess so
that their concentrations in the boundary
layer at the gas/liquid interface are not
considerably changed by the reactions and
can be considered to remain constant [5, 8,
9]. Reaction (4) can be assumed to be pseudo
first order with the rate constant
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k1 ¼ k2 COH� ð6Þ

where k2 is the second order rate constant
of the forward reaction (4) and COH� is the
concentration of the OH� ions.

It was found that in MSF distillers the
main portion of the CO2 is released during
bubble evaporation in the front part of the
flash chambers [5, 6]. At the end of the flash
chambers, where most evaporation occurs at
the brine surface, the CO2 release rates are
low because the interfacial area and the con-
centration difference of CO2 between bulk
and phase interface, the driving force for
mass transfer, are small.

In the front part of the flash chambers,
where bubble evaporation occurs, the rate-
determining reaction is slower than the mass
transfer. The reactions are, however, fast
enough to keep the bulk concentrations in
chemical equilibrium. Thus, the desorption
takes place in the diffusional regime, a sub-
regime of the slow reaction regime. The reac-
tions occur only in the bulk flow, not in the
boundary layer at the phase interface. The
mass transfer in the boundary layer is not
enhanced by the reactions. The desorption
rate is given by

_NCO2
¼ k�LAPh C

eq
CO2;B

� C�CO2;Ph

� �
ð7Þ

where k�L is the mass transfer coefficient in the
liquid phase, APh is the phase interface
area, Ceq

CO2;B
is the chemical equilibrium con-

centration of CO2 in the liquid bulk, and
C�CO2;Ph

is the CO2 concentration at the
phase interface.

In ME distillers, desorption takes place in
the transition regime between slow and fast
reactions [8, 9]. Mass transfer and chemical
reactions simultaneously take place in the
boundary layer. The bulk of the brine is in

chemical equilibrium. In the transition regime
between slow and fast reactions the chemical
rate constant k1 becomes more important and
the mass transfer coefficient becomes less
important. The desorption rate is given by

_NCO2
¼ k�LAPh

ð1þ KÞ C
eq
CO2;B

� C�CO2;Ph

� �

1þ K tanh Ha

ffiffiffiffiffiffiffiffiffiffiffi
1þ 1

K

q� �
Ha

ffiffiffiffiffiffiffiffiffiffiffi
1þ 1

K

q� �. ð8Þ

with the chemical equilibrium constant of
reaction (4) considered to be pseudo first
order

K ¼ K1

Kw
½OH��eq ð9Þ

and the Hatta number

Ha ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
DCO2

k1

p
k�L

ð10Þ

where DCO2
is the diffusivity of CO2 in sea-

water and k1 is the chemical rate constant of
the pseudo first order reaction due to (6).

Computer programs were written for
simulating the CO2 release and the carbonate
system in MSF and ME distillers. Given the
main dimensions of the MSF or the ME dis-
tiller, the operating data and the measurable
pH and total alkalinity of seawater, the pro-
grams simulate the CO2 release rates as well
as the HCO�3 , CO3

2�, CO2, Hþ and OH�

concentrations in the brine on its flow path
through the distillers. In order to verify the
model for the CO2 release in MSF distillers,
the release of CO2 was experimentally inves-
tigated at two MSF recycle distillers in the
Arabian Gulf. The mean difference between
model and experiment was 15%, the maxi-
mum difference was 30 % [5, 16].

H. Glade et al. / Desalination 182 (2005) 99–110 103



3.2. Simulation results

The models were applied to
� a 20-stage MSF recycle distiller with a

distillate production of 1290 t/h at a top
brine temperature of 100�C,

� a 20-stage MSF once-through distiller with
a distillate production of 1290 t/h at a top
brine temperature of 100�C and

� a 5-stage multiple-effect distiller with a
distillate production of 380 t/h at a top
brine temperature of 64�C.
A variety of multiple-effect process config-

urations have been installed. For modeling
the CO2 release process, the configuration
shown in Fig. 1 was chosen as a reference.
After leaving the final condenser the feed
water flow is distributed in equal shares to
the stages and trickles down the horizontal
tube bundles. The feed water is preheated to
the evaporation temperature on the upper
tube rows and then part of it is evaporated
on the lower tube rows.

A more concise description of the refer-
ence distillers can be found in [5, 9, 17]. In
the following, some selected simulation
results are presented.

Fig. 2 shows the release of CO2 in the
individual stages of the reference MSF recycle
and once-through distiller and the ME distil-
ler. The desorption rates are related to the
total distillate flow rates.

In MSF distillers, the CO2 release notably
decreases from the first to the last stage. The

brine successively flows from the first to the
last stage and the proceeding CO2 release
reduces the total inorganic carbon content
and increases the pH value. Thus, the concen-
tration difference of CO2 in the brine between
bulk flow and phase interface drops. Addi-
tionally, the mass transfer coefficient k8L and
the interfacial area APh decrease.

The absolute CO2 release rates are consid-
erably higher in the once-through distiller
than in the recycle distiller. Since part of the
brine of the last stage is mixed with the make-
up flow in recycle distillers, the total inor-
ganic carbon content in the recirculation
flow is lower, the pH is higher and the CO2

concentrations in the brine bulk are lower
than in once-through distillers. Thus, the
driving concentration difference for mass
transfer is lower.

As shown in Fig. 2, in ME distillers, the
decrease in the CO2 release from the first to
the last stage is less pronounced, because the
feed water flow is distributed in parallel to
the stages and, thus, the carbonate system in
the brine entering each stage is the same. The
CO2 release decreases, because the mass
transfer coefficient and the concentration dif-
ference of CO2 in the brine between bulk flow
and phase interface drop with decreasing
temperature.

The effect of the top brine temperature on
CO2 desorption in MSF distillers is shown in
Fig. 3. In the high temperature stages, the
specific CO2 release significantly increases

Steam

Condensate

     Brine
Blow-Down

Raw
Water

Distillate

Final 
Condenser

Cooling Water
Discharge

Fig. 1. Process configuration of the reference multiple-effect distiller.
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with increasing top brine temperature,
because the surface area of the vapor bubbles
and the mass transfer coefficient rise. The
difference between CO2 concentration in the
bulk and at the phase interface, the driving
force for mass transfer, increases with the top
brine temperature.

The more CO2 is released in the first
stages, the less total inorganic carbon remains
in the brine. Accordingly, the CO2 concentra-
tion in the bulk of the brine and the driving
concentration difference for mass transfer

decrease. Thus, the CO2 release profile
becomes steeper with increasing top brine
temperature.

Fig. 4 shows the effect of the top brine tem-
perature on the specific CO2 release in the indi-
vidual stages of the reference ME distiller.
Similar to MSF distillers, the CO2 release rises
with increasing top brine temperature due to an
increased mass transfer coefficient and a higher
driving concentration difference.

3.3. Discussion of the underlying mechanisms

There are decisive differences between
MSF and ME systems regarding evaporation
mechanisms, fluid flow, concentrations,
operating temperatures, and pressures which
affect CO2 release. In the following, the main
differences in the release process in MSF and
ME distillers are discussed. Therefore, the
ME distiller is compared with the once-
through distiller, because in both distillers
the brine is not recirculated. As shown in
Fig. 2, the brine recirculation has a great
impact on the CO2 release because the total
inorganic carbon content in the recirculation
flow is reduced. Thus, the CO2 concentration
in the bulk of the brine and the driving
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concentration difference for mass transfer
decrease.

In MSF distillers, the brine flows through
the flash chambers and flash evaporation
occurs. CO2 is released into the vapor bub-
bles as well as into the vapor space above
the brine surface, as shown in Fig. 5. The
interfacial area is the sum of the surface
area of the vapor bubbles plus the area of
the free brine surface including waves and
spray jets. Both the growth rates of the bub-
bles in the superheated brine and their rise
velocity are determined in the model. The
accumulation of CO2 in the bubbles on their
way to the brine surface is also considered.

In ME distillers, the brine is flowing over a
bundle of horizontal tubes and surface eva-
poration occurs, as shown in Fig. 6. CO2 is
liberated into the vapor space above the
brine film. The phase interface area is the
sum of the surface area of the liquid film on
the tubes plus the surface area of the liquid
between the tubes. For the description of the
phase interface area in the model, it is
assumed that predominantly liquid jets
occur. It is assumed that the CO2 is continu-
ously removed with the ascending vapour so

that no accumulation occurs in the gas phase
over the brine.

In MSF distillers, the surface area of the
vapor bubbles and, thus, the phase interface
area significantly decrease from the first to
the last stage. The effective specific phase
interface area (related to the total distillate
flow rate of the distiller) in the reference
MSF once-through distiller at a top brine
temperature of 100�C amounts to 1.3 m2/(t/
h) in the front part of the first stage, 0.2 m2/
(t/h) in the tenth stage, and 0.01 m2/(t/h) in
the front part of the last stage. Assuming that
the heat transfer area is the same in all the
stages of the ME distiller, the phase interface
area changes only slightly from the first to the
last stage. In the reference ME distiller at a
top brine temperature of 64�C, the phase
interface area is about 16.4 m2/(t/h) in each
stage. Thus, the specific phase interface area
is significantly higher in the ME distiller than
in the MSF distiller.

Mass transfer in liquid films flowing over
horizontal tubes differs from mass transfer in
open channel flow with flash evaporation. In
the front part of the flash chambers of MSF
distillers, where bubble evaporation occurs,
mass transfer coefficients are very high. At
the end of the flash chambers, where surface

flash chamber

NCO   2

NCO   2

vapor
bubble

brine

II

I

Fig. 5. Brine flow through flash chambers in MSF

distillers.

Fig. 6. Brine flow over horizontal tubes in ME

distillers.
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evaporation predominates, the mass transfer
coefficients drop to much lower values. In
the reference MSF distiller at a top brine tem-
perature of 100�C, the average mass transfer
coefficient amounts to about 4.1 � 10�2 m/s in
the front part of the first flash chamber where
the main portion of the CO2 is released, about
2.6 � 10�2 m/s in the front part of the tenth
stage, and about 1.4 � 10�2 m/s in the last
stage. The average mass transfer coefficient
in the first stage of the reference ME distiller
at a top brine temperature of 64�C is about
4.6 � 10�4 m/s, 4.0 � 10�4 m/s in the third
stage, and 3.5 � 10�4 m/s in the last stage.
Thus, the mass transfer coefficients in the
ME distiller are considerably lower than the
ones in the MSF distiller.

As described above, it was found that in
ME distillers the desorption occurs in the
transition regime between slow and fast reac-
tions where the chemical rate constant
becomes more important and the mass trans-
fer coefficient becomes less important. Mass
transfer is slightly enhanced by the chemical
reaction which compensates for the decreas-
ing influence of the mass transfer coefficient.

The CO2 concentrations in the brine bulk
at the inlet of the stages in the MSF distiller
are different from the ones in the ME distiller
due to the following reasons:
� It is assumed that there is no CO2 release

during preheating of the brine in the con-
densers of the MSF distiller and in the
final condenser of the ME distiller respec-
tively. The concentrations in the carbonate
system change due to the changes in the
dissociation constants of carbonic acid in
seawater with increasing temperature.

� Since the stages in MSF distillers are fed in
series, the total inorganic carbon content
in the brine decreases and the pH value
increases from the first to the last stage.
The CO2 concentration in the bulk of the
brine decreases. Due to the parallel feed

water flow to the stages in the ME distil-
ler, the concentrations in the carbonate
system of the brine at the inlet of the
stages are the same.
The CO2 concentrations in the brine at the

phase interface depend on the partial pressure
of CO2 in the vapor phase and, thus, on the
total pressure in the stage and the absolute
CO2 release rates. They further depend on
Henry’s law coefficient which varies with the
temperature and the salinity of the brine.

Furthermore, in MSF distillers, CO2 accu-
mulates in the vapor bubbles on their way to
the brine surface and, thus, the CO2 concen-
tration in the vapor bubbles rises. The accu-
mulation of CO2 results in higher CO2

concentrations in the brine at the phase inter-
face. It follows that the driving concentration
difference for mass transfer is reduced. To
show the effect of the CO2 accumulation in
the vapor bubbles, the CO2 release was calcu-
lated for the fictitious case that there is no
CO2 accumulation in the bubbles on their
way to the brine surface, i.e. the surface area
of the vapor bubbles was considered as free
surface area. In this fictitious case the specific
CO2 release in the first stage of the reference
MSF once-through distiller would be almost
12 times higher than the release in the first
stage of the ME distiller.

The mean difference between CO2 concentra-
tion in the brine bulk and at the phase interface,
the driving force for mass transfer, amounts to
4.1 � 10�3 mol/m3 in the front part of the first
stage of the reference MSF once-through
distiller, 3.4 � 10�3 mol/m3 in the front part of
the tenth stage and 2.3 � 10�3 mol/m3 in the
last stage. In the reference ME distiller, the
mean driving concentration difference is
about 9.4 � 10�3 mol/m3 in the first stage,
9.2 � 10�3 mol/m3 in the third stage and
9.0 � 10�3 mol/m3 in the fifth stage.

The overall effect of the differences
described above is that the specific total
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CO2 release in the reference MSF once-
through distiller at a top brine temperature
of 100�C is 3 times higher than the CO2

release in the ME distiller at 64�C.

4. Utilization of vent gas from MSF and ME

plants for distillate recarbonation

In view of the differences in CO2 release
between ME and MSF distillers, it was stu-
died whether the CO2 released in ME distil-
lers could be used for the recarbonation of
the distillate as it is successfully practiced in a
number of MSF plants. It was determined
which alkalinity would be reached in the dis-
tillate when using the CO2 released for the
recarbonation with the limestone method.
The amounts of CO2 released were based on
the simulation results described above. A dif-
ficulty in the design of limestone beds is the
lack of reliable data on the kinetics of disso-
lution of limestone by CO2 acidified water
[10]. In the frame of this study only the
stoichiometric consumption of CO2 as per
reaction (3) was considered and taken as
minimum demand.

Fig. 7 shows the specific CO2 release in
ME and MSF distillers and the alkalinity of

the distillate that would be obtained when
utilizing the released CO2 for the
recarbonation.

The total CO2 release in MSF recycle dis-
tillers increases from about 66 g CO2 per ton
of distillate at a top brine temperature of
90�C to about 97 g/t at 110�C. The calcula-
tions show that, for the limestone/carbon
dioxide method, MSF recycle distillers pro-
duce sufficient CO2 to allow recarbonation
as per reaction (3) up to an alkalinity of
149 ppm as CaCO3 at a top brine tempera-
ture of 90�C and up to an alkalinity of
220 ppm as CaCO3 at 110�C. Provided that
the alkalinity values aimed at in the distillate
range from 50 to 80 ppm as CaCO3, this
method provides an adequate reserve in
terms of CO2 production. The calculations
further suggest that, for the lime method
requiring twice as much CO2 as compared
to the limestone process, the CO2 release
is sufficient only at higher top brine
temperatures.

The total CO2 release in ME distillers
increases from about 49 g CO2 per ton of
distillate at a top brine temperature of 60�C
to about 64 g/t at 70�C. Provided that the
alkalinity values aimed at in the distillate
range from 50 to 80 ppm as CaCO3, the cal-
culations suggest that the CO2 release in ME
distillers may be just sufficient in terms of
stoichiometric consumption to allow for
recarbonation using the limestone method.
For the lime dissolution method, however,
the CO2 produced in ME distillers operating
at low temperatures is not sufficient.

5. Conclusion

In order to utilize the CO2 present in the
vent gas of thermal seawater desalination
plants for the recarbonation of the distillate
based on the limestone or lime dissolution
methods, it is essential to know how much
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Fig. 7. Specific total CO2 release in MSF and ME

distillers and the resulting alkalinity of the distillate

after recarbonation using the limestone method.
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CO2 is released in the individual distiller
stages at different operating conditions. To
this end, previously developed models that
describe the reactions and mass transfer pro-
cesses in the brine as well as the CO2 release
in the individual stages of MSF and ME dis-
tillers proved as valuable tools. The CO2

release calculated for typical operating condi-
tions of industrial distillers was compared
with the amounts stoichiometrically required
for the recarbonation of the distillate.

The calculations confirmed that the CO2

released in MSF distillers at different operating
conditions can be used for the recarbonation of
the distillate. The calculations further suggest
that the utilization of the CO2 released in
ME distillers for recarbonation using the lime-
stone method seems feasible in principle. For a
practical realization it must be examined if the
CO2 release covers the actual CO2 demand
especially also under consideration of kinetic
aspects.

6. Symbols

APh Phase interface area, m2

Ci Concentration of the component i,
mol/m3

CF Concentration factor
Di Diffusion coefficient of the com-

ponent i, m2/s
Ha Hatta number
[i] Concentration of the component i,

mol/kg solution
K Equilibrium constant of the

pseudo first order reaction
K1 First dissociation constant of car-

bonic acid in seawater on the basis
mol/kg solution

KW Dissociation constant of water in
seawater on the basis mol/kg
solution

k1 First order rate constant of the
forward reaction, 1/s

k2 Second order rate constant, m3/
(mol s)

k8L Mass transfer coefficient in liquid
phase, m/s

_m Mass flow rate, kg/s
_NCO2

Molar desorption rate of carbon
dioxide, mol/s

pH pH value
S Salinity, g/kg
T0 Top brine temperature, �C
TSW Seawater temperature, �C
TA Total alkalinity, mol/kg
TC Total inorganic carbon, mol/kg

Indices

B Bulk
CO2 Carbon dioxide
D Distillate
eq Chemical equilibrium
L Liquid side
OH� Hydroxide ion
Ph Phase interface
SW Seawater
* Physical equilibrium
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